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Particle mixing and segregation ha®e been studied in a small-scale fluidized-bed reac-
( )tor FBR under pressure. The solids mixing is relati®ely faster than the residence time

of catalyst particles in the case of a polymerization process, but smaller particles accu-
mulate in the upper zone. Semibatch propylene polymerization experiments showed that
the ®ertical temperature gradients are caused mainly by catalyst segregation. At low gas
®elocities, segregation and mixing can differ under reacting conditions compared to non-
reacting conditions due to particle] particle interactions. Catalyst concentration gradi-
ents caused by incomplete mixing are strengthened remarkably by the exothermic reac-
tion e®en at low polymerization rates. These obser®ations do not represent an industrial
situation. The FBR has therefore been equipped with a draft tube and cone to control
®ertical solids mixing. The internal solids circulation rate is a nonlinear function of the
gas ®elocity. Strongly reduced segregation, elutriation, and entrainment obser®ed were
compared to experiments without a draft tube. Temperature profiles obser®ed during
polymerization can be controlled by the solids circulation rate. Hydrogen injections led
to an instantaneously increased polymerization rate, probably due to the reacti®ation of
dormant sites. Irre®ersible deacti®ation rates of dormant and acti®e sites seem to be the
same. Moreo®er, hydrogen appeared to be ®ery effecti®e for widening the molecular-
weight distribution. A compartment model de®eloped describes the temperature profile
in the reactor and related molecular-weight distribution of the polymer.

Introduction

The most widely established industrial gas-phase technol-
ogy for polyolefin production is the fluidized-bed reactor op-
erating at elevated pressures between 20 and 30 bar. In these
large-scale units, bubbles rising from the distributor plate tend
to accumulate in the center of the reactor, causing an upward
‘‘gulf stream’’ of polymer powder. Particles closer to the wall
are generally moving in a downward direction, thus creating

Ž .an overall circulation. This intensive solids mixing reduces
the temperature and concentration gradients in fluid beds,
which would affect directly the quality of the polymer pro-
duced. However, the rate of mixing in fluid beds is strongly
dependent on the scale of operation, see, for example, Mat-

Ž .sen 1996 .

Correspondence concerning this article should be addressed to G. Weickert.

In the present article, a small-scale FBR is used to study
aspects of the polymerization of olefins at conditions resem-
bling those of industrial fluidized-bed reactors as well as
widely deviating conditions with controlled thermal gradi-
ents. To realize this, the vertical solids mixing, elutriation,
and entrainment should be controlled. In the first part of the
article, the nonmodified fluidized-bed reactor has been used
to study the effect of the fluid dynamics on this small scale.
Then, a vertical draft tube has been installed in the center of
the fluid bed to control the axial solids mixing. Using the
draft tube, the internal solids circulation rate can be con-
trolled by the gas velocity in the draft tube and in the annu-
lus space. In this way, it is possible to simulate the solids
circulation pattern observed at an industrial scale in a small-
scale unit. Because the draft tube and annulus are generally
operated at different gas velocities, both sections have differ-
ent heat-transport properties, temperatures, and tempera-
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Figure 1. Fluidized-bed reactor.

ture gradients. Therefore, for a particle circulating through
the reactor an oscillating particle temperature may occur
along the particle trajectory.

Note that a recently developed multizone process for the
Ž .polymerization of olefins Montell Technology, 1997 is based

on the same principles. Here the solids circulation is based
on a riser]downer combination. Although the draft tube can
be used to improve the solids mixing, in the present investiga-
tion the emphasis is placed on the elimination of segregation
and the creation of different zones in one reactor.

Experimental Studies
FBR setup

The experimental setup is shown in Figure 1. The internal
diameter and height of the fluid-bed zone is 10 and 100 cm,
respectively. The disengagement zone has a diameter of 38.5
cm and a height of 25 cm. Observation ports are available at

Žfour different vertical positions 12.5, 37.5, 62.5 and 87.5 cm
.above the distributor plate . Tracer particles can be injected

at a distance of 15 cm above the distributor plate. Polymer
samples can be withdrawn at 7 heights ranging from 20 to 80
cm above the distributor at 10 cm intervals. The catalyst is

Ž .injected 15 cm above the distributor plate see below . The
products can be removed from the bottom section of the re-
actor, 5 cm above the distributor plate, semicontinuously by
opening a valve to the container. The distributor plate con-
sists of sintered stainless-steel spheres with an average pore
diameter of 0.3 mm. Steel nuts are packed under the distrib-

utor in order to increase mixing and breakup of the inlet ve-
locity profile. Temperatures in the reactor are measured 50
mm below the distributor plate and at six different vertical
positions with 10 cm apart, starting at 25 cm above the dis-
tributor.

For the experiments with controlled particle mixing, a draft
tube and conical bottom section have been installed to force

Žsolids circulation with a single gas injection point see Figure
.1 . In this setup, particles are forced to move upwards in the

draft tube section, and enter the annulus section, where they
move in a compact form with no bubbles present under the

Ž .action of gravity ‘‘moving bed’’ . Polymer particles leaving
the annulus section enter the well-mixed cone section and
are reintroduced to the draft tube section. The length, inner
diameter, and wall thickness of the draft tube are 770, 50,
and 5 mm, respectively. The draft tube, made of glass, is
placed in the center of the reactor 130 mm above the distrib-
utor plate and is fixed in place by three horizontal rods at the
bottom and the top. The inlet diameter and height of the
cone are 50 and 150 mm, respectively. Thermocouples in the
annulus section are available at six different vertical positions
Ž .25, 35, 45, 55, 65, and 90 cm above the distributor plate .

ŽTwo thermocouples are installed in the draft tube section 20
.and 60 cm above the distributor plate . The device for mea-

suring the pressure drop over the annulus is connected to the
reactor at 15 and 90 cm above the distributor plate.

Two cyclones and a filter have been installed to remove
fines entrained from the reactor. A Eurotherm 900 EPC PID
controller controls the temperature of the gas entering the
compressor. A heater is used to control the reactor’s gas inlet
temperature within 0.28C. The reactor is placed in an air

Ž .thermostat 508C in order to decrease heat losses through
the reactor wall to less than 5% of the convective cooling
effect by the inlet gas.

The flow circulating through the reactor system is mea-
sured by a Brooks mass flow meter. To measure and control
the gas composition in the reactor, a sample flow from the
reactor is led continuously through a cascaded IR propylene

Ž .analyzer Servomex Xendos 2500 and hydrogen analyzer
Ž .Maihak, Thermor 615 thermal conductivity meter .

Propylene, hydrogen, and nitrogen are cleaned in separate
purification systems to remove traces of O , H O, CO, and2 2

w Ž .xso forth see Samson et al. 1998 . Propylene is fed to the
system as a liquid just in front of the first heat exchanger. A
PID controller controls the partial pressures of propylene and
hydrogen. The system is designed to operate at a maximum
pressure of 30 bars.

The setup is placed in a concrete bunker and fully com-
puter controlled to determine the temperatures and pres-
sures in the system every 10 s. If a measured value indicates a
potentially dangerous situation, catalyst injection is stopped.
A relief valve that discharges at 30 bars is placed on top of
the reactor. A rupture disk protects the installation for pres-
sures exceeding 32 bars. Combustible-gas detectors are in-
stalled to monitor leakage of combustible gas.

Catalyst system
The catalyst used is the well-known metallocene rac-

w xMe Si Ind ZrCl . The catalyst, kindly supplied by Witco Co.2 2 2
Ž .Bergkamen Germany , is supported on PQ silica with a con-
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Figure 2. Injection system for catalyst.

centration of 0.79 wt % metallocene. The MAOrSiO sup-2
port used for immobilization of the metallocene contained

Ž .19.1 wt % alumina. Tri-isobutylaluminium TIBA has been
used as a cocatalyst to increase the catalyst activity. The
amount of TIBA and the precontact time was kept constant
for all experiments. The exact preparation procedure has been

Ž .described in a previous article Meier et al., 2001a .

Catalyst injection system
A semicontinuous system has been developed to inject a

Ž .small, reproducible amount of catalyst see Figure 2 . The
catalyst is diluted with polypropylene powder to prevent the
catalyst particles from sticking to each other and to the reac-
tor walls. After connecting the catalyst container to the injec-
tion system, all sections are thoroughly flushed with nitrogen.
A three-way ball valve, located under the catalyst storage ves-
sel, is used as a dosing device. Shortly before injection, a
plunger is displaced, which seals the reactor. To prevent
monomer from entering the injection system, a small continu-
ous flow of nitrogen is injected into the reactor when the
plunger is pulled back. A small amount of pressurized nitro-
gen is always kept in the whole injection system to prevent

monomer leakage into the injection system. For the semi-
batch experiments described in this article, the total amount
of catalyst is injected within 12 injections at the beginning of
the experiment with 20-s intervals between injections.

Electrostatics
To prevent electrostatic charging in the fluidized-bed reac-

tor, the whole setup is electrically grounded. Moreover, Laro-
Žstat 519 dimethylethyl ammonium ethosulfate supported on

.silica, kindly supplied by PPGrMazer Chemicals was used as
an antistatic agent. The bulk density of the powder is 540
kgrm3 and the mean particle size is 9 mm. No effect of the
antistatic agent on the polymerization rate was found during
separate tests in a 0.5-L stirred reactor.

Due to the small average particle size of the powder, some
antistatic agent leaves the fluidized-bed reactor zone at high

Žsuperficial velocities. Addition of a small amount ;200 mg
.or 0.01 wt % prior to the catalyst injections assures a suffi-

cient amount of antistatic agent in the reaction zone.

Experimental procedures for mixing and segregation
experiments

A LLDPE, Geldart B type powder, kindly supplied by
Ž .BASF AG Germany , with a particle size distribution from

100 mm to 1400 mm, was used for mixing and segregation
experiments. The average particle size was 900 mm. For the
mixing experiments, black tracer particles were prepared from

Ž .a sieved fraction 420]720 mm by coloring with black ink.
For a mixing experiment, 15]18 g of tracer particles were
injected into the FBR. At a specified time interval, samples
were taken from the reactor at 7 vertical locations. The tracer
concentration was determined using a picture of the sample
and counting the colored particles with imaging software. The
vertical segregation profile was determined by analyzing the
particle-size distribution of samples taken from the bed by

Ž .laser diffraction Sympatec Helos LF . The mixing and segre-
gation experiments were executed, with and without an anti-
static agent, using nitrogen as the fluidization medium at
258C.

Experimental procedures for semibatch polymerizations
On startup, the fluidized bed reactor is charged with 1.9 kg

Žof a polypropylene powder, kindly supplied by DSM The
.Netherlands . This powder consists of almost ideally spheri-

cal particles with a narrow particle-size distribution. The av-
erage particle size is 570 mm. Before polymerization can take
place, the system must be freed from contamination. This can
be done by thoroughly flushing the system with nitrogen and
propylene followed by evacuation for 1 h. Propylene is much
more effective in cleaning the system than nitrogen. The rea-
son for this is probably that propylene absorbs in the
polypropylene under pressure, removing most of the contam-
ination after venting. Before polymerizations are started, 30 g
polypropylene precontacted with 0.5 g of TIBA is injected to
remove the last traces of impurities.

When the system is at the desired conditions, that is, con-
stant temperature, pressure, fluidization velocity, and gas
composition, the system is ready to start the catalyst injec-
tions. During the semibatch experiments, a certain amount of
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catalyst is injected at the beginning of the experiment. No
product is removed from the reaction zone. The amount of

Žpolymer produced in each batch experiment is small less than
.300 g compared to 1.9 kg startup powder , which implies a

small change in bed height. However, when the draft tube
was used, the bed level in the annulus never exceeded the
height of the draft tube during the experiment. During the
experiments the inlet temperature, fluidization velocity, the
total pressure, and partial pressures are kept constant. Be-
cause the reactor is to a large degree isolated from the envi-
ronment, the reaction rate in the semibatch operation can be
followed by the temperature response, defined by the non-
steady-state heat balance. The temperature is therefore mon-
itored continuously at the several vertical positions in the re-
actor. The polypropylene samples obtained at the end of the
experiment were characterized with respect to their molecu-
lar weight and molecular-weight distribution by Gel Perme-

Ž .ation Chromatography GPC . These GPC measurements
were carried out on a Waters M150C apparatus with TSK
columns at 1408C using 1,2,4-trichlorobenzene as a solvent.

Experimental procedure for solids circulation
measurements with draft tube

On startup, the reactor is charged with 2 kg of polypro-
pylene powder. With this amount of polymer in the system,
the bed level in the annulus is about 10 cm below the top of
the draft tube. Before the tracer injection, the system is
brought to the desired temperature, pressure, gas composi-
tion, and gas velocity. About 25 g of colored tracer particles
are injected from above at the top of the annulus bed. Be-
cause the particles are moving under nearly plug-flow condi-
tions in the annulus, the tracer particles can be watched
through the observation ports located at four different verti-

Žcal positions 12.5, 37.5, 62.5, and 87.5 cm above the distribu-
.tor plate . The time required for the particles to flow through

the annulus section has been used to calculate the circulation
rate.

Figure 3. Tracer concentration at different time inter-
vals and vertical position.
Tracer particles injected at Z s150 mm. U s11 cmrs; 260
bar N ; and 258C.2

Figure 4. Effect of antistatic agent on the concentration
profile of particles - 420mm.
U s11 cmrs, 26 bar N , and 258C.0 2

Results
Mixing of particles without using the draft tube

Using the PE powder at 258C, the minimum fluidization
velocity at 15 bar is 7.5 cmrs, while at 26 bar a value of 6
cmrs has been found. At 15 bar, slugs have been observed in
the upper part of the bed, starting at 14 cmrs; at 26 bar, slugs
became visible at the slightly higher velocity of 16 cmrs.

Particle mixing has been studied at 11 cmrs and 26 bar
nitrogen pressure, which corresponds to 1.8UU . Figure 3m f
depicts the concentration of the tracer vs. the vertical posi-
tion in the reactor at different time intervals. The concentra-
tion of the tracer has been made dimensionless by division
with the mean tracer concentration after a complete mixing.
After 15 s, the tracer is only detected at the second sampling
point, probably due to upward transport of the tracer during
injection with nitrogen. The tracer is mixed up completely
after 300 s, which is fast compared to the average residence
time for a catalyst particle in a polymerizing system.

Segregation of particles without using the draft tube
The flotsam has been defined as particles smaller than

420 mm. In Figure 4 the segregation pattern can be seen in
the absence and presence of the antistatic agent at 11 cmrs
and 26 bar, that is, the concentration of flotsam in samples
taken at different axial positions before and after injection of
the antistatic agent. It can be seen that the concentration of
flotsam in the bottom zone of the bed is much lower com-
pared to the concentration in the upper zone. Moreover, in-
jection of the antistatic agent causes an increase in flotsam in
the top part of the bed. When no antistatic agent was used, a
layer of fines could be observed visually over the length of
the reactor wall, obviously caused by electrostatic charging.
After an addition of some antistatic agent, the wall deposits
disappeared after a few min. The average concentration of
particles smaller than 420 mm before the addition of the an-
tistatic agent is smaller than the original value, shown by the
horizontal line in Figure 4. After the addition of the anti-
static agent, the average concentration equals the average of
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Figure 5. Temperature during an experiment without
using the draft tube at 8 cm/////s; 1.9UU .mf

the original powder, indicating that no layer is built up any
further.

Batch polymerization experiments without using the draft
tube

For the batch polymerization experiments a polypropylene
powder with almost no fines was used for each experiment
Ž .see the experimental section to minimize the risk of fines
sticking at the reactor wall. The polymerizations were done
with 65% of propylene, 33% of nitrogen, and 2% of hydro-
gen at 25 bar and 68.58C. A minimum fluidization velocity of
4.2 cmrs was found under these conditions. Using air at at-
mospheric pressure and room temperature, a minimum flu-
idization velocity of 7.4 cmrs was found.

Three polymerization experiments were executed at three
different superficial gas velocities. For each experiment, 0.5
gram of catalyst was used. The development of the vertical
temperature profile in time is given in Figures 5, 6 and 7.
The superficial velocities were 8, 10, and 13.5 cmrs, respec-
tively. During these experiments, the thermocouple at the
highest position, T6, is located above the surface of the bed.

Figure 6. Temperature during an experiment without
using the draft tube at 10 cm/////s; 2.4UU .mf

Figure 7. Temperature during an experiment without
using the draft tube at 13.5 cm/////s; 3.2UU .mf

Increasing U results in a higher convective cooling capac-0
ity of the gas, which results in a lower temperature for the
reaction zone. When values of U -U are too low the result0 m f
is poor mixing behavior of the bed, which may cause local hot
spots, agglomeration, and sheeting.

The general behavior just described is confirmed by the
experiments presented in Figures 5, 6, and 7, but also see
Figure 1. The experiment at 8 cmrs, 1.9UU , shows a verym f
diffuse temperature profile. Due to the low value of U -U ,0 m f
mixing in the bed is limited and local hot spots are observed.
It is remarkable that even with a low-activity catalyst, as used
in the present work, high local temperatures can exist. At the
beginning of the experiment the highest temperature was ob-
served in the bottom section of the reactor. It seems that a
hot front slowly moves upwards to the top of the bed. This
can be explained by a slowly segregating bed where the high
catalyst concentration zone moves to the top of the bed.

The mixing experiment described earlier, carried out by the
tracer injection, showed a relatively fast mixing behavior. This
seems to contradict the result of the batch polymerization
experiment. There are several reasons for the reduced mixing
under reaction conditions. First, it has to be mentioned that
the mixing experiments were carried out with a different par-
ticle-size distribution. Moreover, the mixing experiments were
carried out using nitrogen as fluidization gas. During the
polymerization experiments, propylene is sorbed by the
amorphous phase of the polypropylene, which causes swelling
of the polymer. The molecular weight of the polypropylene
produced with the applied metallocene catalyst system is very
low; about 20 kgrmol. This polymer is sticky under reaction
conditions, and is probably the major source of the limited
mobility in the bed.

U Ž .The experiment at 10 cmrs, 2.4 U see Figure 6 , showsm f
a regular temperature pattern with a lower maximum tem-
perature and some temperature gradients inside the bed. The
lowest temperature was found in the bottom section of the
bed, as expected. The two thermocouples, T5 and T6, mea-
sure a significantly higher temperature than the thermocou-
ples in the bed, indicating relatively high polymerization ac-
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tivity in the top section of the bed and the lean phase above
the bed.

U Ž .The experiment at 13.5 cmrs, 3.2 U see Figure 7 , showsm f
the lowest maximum temperature and lowest temperature
gradients in the bed. The two thermocouples, T5 and T6,
again measure a significantly higher temperature than the
thermocouples in the bed. It appears that the upper zone of
the bed has a high catalyst concentration due to segregation
of the catalyst. The elutriation of fine particles didn’t result
in entrainment of particles from the reactor, because no ma-
terial, except from some antistatic agent, was found in the
cyclones.

It is obvious that the observed problems with mixing and
segregation are related to the small scale of the reactor. In
our small-scale FBR the average bubble size is about half of
the reactor diameter. This ratio is quite different in an indus-
trial-size reactor. Here the reactor diameter and height are
about 4 and 12 m, respectively. Moreover, the mixing of solids
is determined by the macroscale circulation pattern of solids
generally observed in reactors of this scale. The bubbles tend
to accumulate in the center of the reactor, causing an upward
‘‘gulf stream’’ of solids in the center and downflow near the
reactor wall. These phenomena are not observed in reactors
at a small-scale, as used in the present study.

To overcome the problems observed, a draft tube was in-
stalled in the reactor, which allows us to control the solids
mixing in the reactor.

Solids circulation using the draft tube
Experiments at different pressures and gas compositions

Ž .have been executed see Table 1 , to study the influence on
the circulation rate. The residence time of solids in the annu-
lus section has been measured as a function of the gas veloc-

Ž .ity see Figure 8 . Note that the gas velocity is based on the
velocity at the cone inlet, that is, 50 mm in diameter. This
velocity does not represent the fluidization velocity in the
draft tube or annulus section, as the gas is divided over these
two sections. As can be seen from Figure 8, the residence
time of the solids in the annulus decreases with increasing
gas velocity. The gas density hardly influences the circulation
rate, although some differences have been observed between
the experiments at 15 and 25 bar with 65% propylene. The
measured solids velocity in the annulus remains the same for

Ž .all experiments between 1.7 and 3.5 cmrs below the mini-
mum fluidization velocity, that is, 4.2 cmrs.

Ž .A certain minimum gas velocity U is required to starte,min
the circulation of solids in the system. This minimum gas ve-
locity decreases with the increasing density of the gas phase.
The minimum gas velocity required at atmospheric pressure
is about 42 cmrs, whereas this velocity is about 24 cmrs at 25
bar with 65% propylene.

Table 1. Process Conditions for Circulation-Rate
Measurements

3Ž . Ž . Ž . Ž . Ž .T 8C p bar Propylene % Nitrogen % r kgrmg

338 25 65 35 35.5
338 25 0 100 25.0
338 15 65 35 20.4
293 1 Air 1.0

Figure 8. Solids residence time in the annulus with a
length of 77 cm as a function of gas velocity.
U represents the minimum gas velocity to start solidse,min
circulation.

Further visual observation of the solids circulation experi-
ments showed that the tracer particles were mixed through
the reactor contents after 3 to 4 circulations, that is, 1]5 min-
utes, depending on the circulation rate. Most of the mixing is
achieved in the cone section. The flow behavior of solids in
the draft tube is of the slugging type. At very high velocities,
45 cmrs, a transition toward turbulent fluidization is ob-
served. Only minor dispersion of solids in the annulus is ob-
served. No bubbles in the annulus section have been de-
tected.

The pressure drop over the annulus has been measured at
different gas velocities and bed weights using nitrogen at 25

Ž .bar and 608C as the fluidization medium see Figure 9 . As
expected, larger pressure drops with increasing bed weight
have been observed. Increasing the gas velocity results in a
decreasing pressure drop over the annulus, indicating a lower
solids holdup in the draft tube with increasing gas velocity
because of the coupled pressure balance for the annulus and
draft tube. The bed height in the annulus is almost constant
with increasing gas velocity. The decreasing pressure drop

Figure 9. Influence of total polymer holdup on the pres-
sure drop over the annulus as a function of
the gas velocity using 25 bar N at 608C.2
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over the system with increasing gas velocity also indicates a
decreasing upward gas velocity in the annulus section with
increasing gas velocity. The reduced amount of gas bypassing
to the annulus with increasing gas velocity is in agreement

Ž .with the results reported by Ji et al. 1998 .
The Ergun equation was used to calculate the minimum

upward gas velocity in the annulus, that is, at the highest
solids circulation rate. Assuming a bed porosity of 0.42 and a
shape factor of 1, a slip velocity of 4.6 cmrs was found. The
downward solids velocity at these conditions is 3.5 cmrs. The
minimum upward gas velocity in the annulus is therefore 1.1
cmrs.

Semibatch polymerizations using the draft tube
Semibatch propylene polymerizations were executed at 25

bar and different gas velocities, that is, different solids circu-
lation rates. The first experiment was executed with a gas
inlet temperature of 688C. Before the catalyst is injected the
system is stabilized, that is, constant temperature, pressure,
gas velocity, and so on. Then the total amount of catalyst is
injected in about 4 min. The responding temperature behav-
ior of the semi-isolated fluid bed will have the shape of a
broad pulse, because the catalyst is subject to deactivation.
Only at a very high solids circulation rate, both in the draft
tube and annulus, would all thermocouples indicate the same
temperature. At lower circulation rates temperature gradi-
ents will appear in both sections as follows. Particles coming
from the annulus will be cooled down in the cone by the
relative cold gas, thereby absorbing monomer. On the way up
in the draft tube, the temperature will increase a little due to
the polymerization reaction, although this remains a small ef-
fect due to the short residence time in this section. Along the
way down in the annulus, much more polymerization takes
place at these longer residence times and less convective
cooling capacity is available, resulting in a relatively large
temperature gradient.

The temperature profile of the annulus section of the first
experiment is presented in Figure 10. The initial decrease in
temperature is due to the catalyst injections with cold nitro-

Figure 10. Temperature of the annulus as a function of
time during a semibatch polymerization.

Ž . Ž .Ta 1 and Ta 6 indicate the temperature in the bottom
and top of the annulus, respectively.

Table 2. Process Conditions for Polymerization
( )Experiments Using Draft Tube T s588Ce

Ž . Ž . w x Ž . w x Ž . w x Ž .U cmrs u cmrs C H % N % H %e a, s 3 6 2 2

25.1 1.7 69.6 29.4 1.0
30.4 2.3 69.0 30.0 1.0
36.2 3.0 66.6 32.4 1.0
42.7 3.5 67.1 31.9 1.0

gen. After the catalyst injections, the temperature starts ris-
ing rapidly and reaches a maximum after about 15 min. At
this point, the largest temperature gradients inside the reac-
tor}about 58C}have been observed. Note that in contrast
to the reactor without a draft tube, the highest temperatures
are now found in the bottom of the reactor. Then the catalyst
starts to deactivate and the temperature inside the reactor
returns to its initial value after about 1.5 h. The maximum
temperature observed in this experiment was about 838C. In

Ž .a recently published article Meier et al., 2001a , strongly re-
duced yields were found at temperatures above 808C using
the same catalyst system.

The next series of experiments were therefore executed
Ž .with a gas inlet temperature of 588C see Table 2 . The tem-

perature profiles of the annulus section of these experiments
are given in Figures 11]14. The experiment at the lowest gas
velocity, 25.1 cmrs, shows the highest internal temperature
gradient and absolute temperature. The experiment at 42.7
cmrs shows only minor internal temperature gradients of
about 18C, and may be interpreted as an experiment in a
CSTR. The scattering at 30.4 cmrs during the initial phase of
the experiment and twice at 36.2 cmrs during the experiment
is due to some solids circulation disturbances, probably due
to some temporary sticking of particles at the thermocouples.

The temperature gradients measured inside the draft tube
section are due much less to the high gas velocity. The gas
velocity in the draft tube is for the experiments at 25.1 and
42.7 cmrs, about 3.3 and 7.6 times U , respectively. Them f
temperature gradients in the draft tube observed for the ex-
periment at the highest and lowest circulation rates were 0.2
and 18C, respectively.

Figure 11. Temperature of the annulus as a function of
time during a semibatch polymerization.
U s 25.1 cmrs, u s1.7 cmrs.e a, s
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Figure 12. Temperature of the annulus as a function of
time during a semibatch polymerization.
U s 30.4 cmrs, u s 2.3 cmrs.e a, s

Injection of hydrogen
ŽFrom kinetic experiments previously published Meier et

.al., 2001a , it was concluded that the current catalyst system
is sensitive to hydrogen. The molecular weight of the polymer
produced decreases with increasing hydrogen concentration,
whereas the polymerization activity increases with increasing
hydrogen concentration. The main reason for the increased
polymerization rate is that hydrogen prevents the formation
of dormant sites, which occur after a secondary insertion of
propylene.

Ž .In the next series of experiments see Figure 15 , hydrogen
was injected in the gas recycle at different moments during
semibatch experiments. Thus a certain fraction of the end
product is produced at a low hydrogen concentration, yield-
ing a high molecular-weight polymer, while the other part of
the product is produced at a high hydrogen concentration,
which yields a low molecular-weight polymer. During the ex-

Figure 13. Temperature profile of the annulus as a func-
tion of time during a semibatch polymeriza-
tion.
U s 36.2 cmrs, u s 3.0 cmrs.e a, s

Figure 14. Temperature profile of the annulus as a func-
tion of time during a semibatch polymeriza-
tion.
U s 42.7 cmrs, u s 3.5 cmrs.e a, s

periment the propylene concentration is kept at its initial
value}60 vol %}that is, the pressure increases about 1 bar
after the injection of hydrogen. The hydrogen concentration

3 Ž .before the injection is 0.0217 kgrm ;1 vol % , while after
the hydrogen injection the concentration is raised to 0.123

3 Ž .kgrm 7 vol % . All experiments have been executed with a
gas inlet temperature of 59.58C and a gas velocity of 36 cmrs,
that is, about 3 cmrs solids velocity in the annulus.

Figure 15 depicts the results of the hydrogen pulse experi-
ments, showing the difference between the gas inlet tempera-

Ž .ture and the temperature at the bottom of the annulus, T 1 ,a
Ž .during the experiments. The negative value of T 1 -T dur-a e

ing the first couple of minutes is the result of the catalyst
being injected with cold nitrogen. As can be seen from Figure
15, the temperature immediately increases after an injection
of hydrogen, indicating an almost instantaneous increase in

Figure 15. Temperature difference between the bottom
of the annulus and reactor inlet during differ-
ent semibatch polymerizations with hydro-
gen injections at different moments.
U s 36 cmrs, u s 3 cmrs.e a, s
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the polymerization rate. The reaction rate to reactivate the
dormant sites is probably fast.

A second feature observed in Figure 15 is that the differ-
ent temperature curves follow more or less the same master
curve before and after the injection of hydrogen. The active
sites probably deactivate at about the same rate at the ap-
plied process conditions. Moreover, the relative increase in
temperature after the injection is more or less constant. Be-
cause the increase is probably caused by the reactivation of
dormant sites, one may conclude that the relative concentra-
tion of dormant sites, relative to the number of active sites, is
constant during the experiment. Dormant sites probably de-
activate at the same rate as the active sites.

Reactor Model
A large number of publications have appeared in the liter-

ature dealing with the mathematical modeling of the phe-
nomena taking place in conventional fluidized-bed reactors

Žfor olefin polymerization for example, Choi and Ray, 1985;
.Talbot, 1990; McAuley et al., 1994 . None of them have been

Ž .verified by experimental data, see also Matsen 1996 for
scaling-up problems.

In this article, a reactor model has been developed based
on the actual gas and solid flow, which should be able to
describe the temperature and concentration gradients inside
the reactor and the related molecular-weight distribution of
the polymer product. The reactor model uses the measured
solids circulation-rate measurements as input. The results of
the circulation-rate measurements are closely related to the
geometry of the setup, for example, diameter and length of
the draft tube, the distance between draft tube and cone, and
the angle of the cone. Several authors have reported that the
geometry of the reactor has a large influence on the solids

Žcirculation rate for example, Ji et al., 1998; Alappat and
Rane, 1995; Song et al., 1997; Berruti et al., 1988; Yang and

.Keairns, 1983 . No data are available on pressurized systems.
In the present article at the given geometry, only the influ-
ence of the gas velocity on the solids circulation rate has been
investigated and is used as input for the model.

The assumptions for the reactor model are summarized be-
low.
Ž .1 The reactor is divided into three sections; the annulus,

draft tube, and cone sections. The draft tube and annulus
sections are divided in N CSTRs in series to simulate plug-
flow regimes in both sections. The cone is considered as one
CSTR. The reactor model is presented in Figure 16.
Ž .2 The resistance to mass and heat transfer between the

gas and solids in each compartment is negligible, which is
Ž .acceptable Floyd et al., 1986 in the case where the catalyst

activity is not extremely high and the particles are relatively
small. Particles circulating in the system are continuously ab-
sorbing and desorbing propylene due to the temperature gra-
dients in the system. Equilibrium is assumed in each com-
partment.
Ž .3 The energy effects due to absorption and desorption of

propylene have been neglected.
Ž .4 The gas and solids velocities in the reactor are as-

sumed to be constant, because the monomer conversion per
pass through the reactor is low.

Figure 16. Reactor model.

Ž .5 Minimum fluidization conditions for the annulus have
been assumed. The voidage of the cone and draft tube sec-
tions is equal to the experimentally determined value.

Ž .6 No heat transfer from the annulus to the draft tube
section takes place.

Ž .7 The heat transfer from the annulus bed to the reactor
wall combined with the heat transfer through the wall is rela-
tively fast compared to the heat transfer from the reactor
wall to the reactor surroundings. This is so because the reac-
tor is placed in an air thermostat at 508C, which reduces the
heat losses to a large extent. It is assumed that the wall tem-
perature of the adjacent annulus compartment equals the
temperature of the reactor contents. Heat losses are de-
scribed using a Nusselt correlation for heat transfer from a
flat plate to laminar flowing air.

The kinetic model and kinetic constants are based on an
Ž .experimental study Meier et al., 2001a using the same cata-
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lyst system. The model does respect the initiation and deacti-
vation of the catalyst, see Scheme 1. The reaction rate is de-
scribed by first-order kinetics with respect to the number of
active sites, CU, and the monomer concentration in the poly-
mer, C . The monomer concentration is calculated using them
Flory]Huggins equation. The Flory]Huggins interaction pa-
rameter is based on experimental data published previously
Ž .Meier et al., 2001b . The density and heat capacity of the
gas phase are functions of the local temperature and gas
composition, and have been described according to Peng-

Ž .Robinson and Daubert et al. 1985 , respectively.
To obtain a clear understanding of the reactor model, the

material and energy balances will be described separately for
the cone compartment, an arbitrary draft tube, and annulus

Ž .compartment see Figure 16 .

Cone compartment
Mass balance for nonactivated catalyst in the cone

dCc C Csf X y X y k C 1Ž .Ž .m , s a , 1 c i cdt

Here X C is the mass fraction of nonactivated catalyst in thec
cone, defined as

CcCX s 2Ž .c C qV 1ye rŽ .c c c s

The first term on the right side of Eq. 1 concerns the convec-
tive flow of nonactivated catalyst. The second term concerns
the initiation of nonactivated catalyst with initiation rate con-
stant, k .i

Mass balance for activated catalyst in the cone

dCU
U Uc UC Csf X y X q k C y k C 3Ž .Ž .m , s a , 1 c i c d cdt

Here X CU

is the mass fraction of activated catalyst in thec
cone, defined as

CU
U cCX s 4Ž .c UC qV 1ye rŽ .c c c s

The first term on the right side of Eq. 3 concerns the flow of
activated catalyst. The second term is the initiation toward
active catalyst, and the third term concerns the deactivation
of the catalyst.

Mass balance for monomer in the cone

d V e r mmŽ .c c g c m msU A r m y m y R 5Ž .Ž .e e g e c p , cdt

The first term on the right side of Eq. 5 concerns the flow of
monomer through the cone. The second term represents the
consumption of monomer in the cone due to polymerization.

The reaction rate in the cone compartment is described by

R s k CUC 6Ž .p , c p c m , c

Here CU stands for the amount of activated catalyst in thec
cone compartment.

Energy balance for the cone

d V r C TŽ .c a® , c p , a® , c c
sU A r C T yTŽ .e e g p , g e cdt

qf C T yT q R D H 7Ž .Ž .m , s p , s a , 1 c p , c r

The first two terms on the right side of Eq. 7 concern the
enthalpy associated with the gas and solid flow through the
cone. The third term stands for the amount of heat produced
due to polymerization.

Starting conditions for the cone at ts0

C 0 sCŽ .c c, 0

CU 0 s0Ž .c

T 0 sTŽ .c 0

mm 0 s mm 8Ž . Ž .c 0

Draft tube compartment i
The mass and energy balances for a draft tube compart-

ment are analogous.
Mass balance for nonactivated catalyst

dCd, i C Csf X y X y k C 9Ž .Ž .m , s d , iy1 d , i i d , idt

Here X C is the mass fraction of nonactivated catalyst, de-d, i
fined as

Cd , iCX s 10Ž .d , i C qV 1ye rŽ .d, i d , i d s

Mass balance for activated catalyst

dCU
U Ud , i UC Csf X y X q k C y k C 11Ž .Ž .m , s d , iy1 d , i i d , i d d , idt

Here X CU

is the mass fraction of activated catalyst, definedd, i
as

CU
U d, iCX s 12Ž .d, i UC qV 1ye rŽ .d , i d , i d s

June 2002 Vol. 48, No. 6AIChE Journal 1277



Mass balance for monomer

d V e r mmŽ .d , i d g d , i m msu A r m y m y R 13Ž .Ž .d, g d g d , iy1 d , i p ,d , idt

The equation for the polymerization rate

R s k CU C 14Ž .p , di p d , i m ,d , i

Energy balance

d V r a® C a® TŽ .d , i d , i p , d , i d , i
su A r C T yTŽ .d, g d g p , g d , iy1 d , idt

qf C T yT q R D H 15Ž .Ž .m , s p , s d , iy1 d , i p , d , i r

Starting conditions for ts0

C 0 sCŽ .c, i d ,0

CU 0 s0Ž .d, i

T 0 sTŽ .d , i 0

mm 0 s mm 16Ž . Ž .d, i 0

Coupling between cone and draft tube

T sTd , 0 c

X C s X C
d , 0 c

X CU

s X CU

d , 0 c

mm s mm 17Ž .d, 0 c

Annulus compartment i
Mass balance for nonactivated catalyst

dCa, i C Csf X y X y k C 18Ž .Ž .m , s a , iq1 a , i i a , idt

Here X C is the mass fraction of nonactivated catalyst, de-a, i
fined as

Ca, iCX s 19Ž .a, i C qV 1ye rŽ .a, i a , i a s

Mass balance for activated catalyst

dCU
U Ua, i UC Csf X y X q k C y k C 20Ž .Ž .m , s a , iq1 a , i i a , i d a , idt

Here X CU

is the mass fraction of activated catalyst, defineda, i
as

U CU

a, iCX s . 21Ž .a, i UC qV 1ye rŽ .a, i a , i a s

Mass balance for monomer

d V e r mmŽ .a, i a g a , i m msu A r m y m y R 22Ž .Ž .a, g a g a , iy1 a , i p , a , idt

The equation for the polymerization rate

R s k CU C 23Ž .p , ai p a , i m ,a , i

Energy balance

d V r a® C a® TŽ .a,w , i a , i p , a , i a , i
su A r C T yTŽ .a, g a g p , g a , iy1 a , idt

qf C T yTŽ .m , s p , s a , iq1 a ,, i

1
2q R D H y a p D T yT 24Ž .Ž .p ,a , i r a , i r a , i `4

Because the heating and cooling of the reactor wall is in-
cluded in the accumulation term, the density and heat capac-
ity of the annulus compartment is based on the weight-aver-
aged value of the gas, solids, and the stainless-steel wall. The
last term in Eq. 24 concerns the heat transfer from the reac-
tor wall to the air flowing through the isolated metal cage.

Starting conditions for ts0

C 0 sCŽ .a, i a ,0

CU 0 s0Ž .a, i

T 0 sTŽ .a, i 0

mm 0 s mm 25Ž . Ž .a, i 0

Coupling between cone and draft tube and annulus

T sTa,0 c

T sTa, N q1 d , Na d

X C s X C
a, N q1 d , Na d

X CU

s X CU

a, N q1 d , Na d

mm s mm 26Ž .a, 0 c

Sensiti©ity to hydrogen
Both the propagation rate constant and the initiation rate

constant depend on the concentration of hydrogen in the gas
w Ž .xphase see Meier et al. 2001a . It was found that the deacti-

vation rate constant was not sensitive to hydrogen above hy-
drogen concentrations of 0.01 kgrm3. The sensitivity to hy-
drogen of both k and k is described as empirical relationsp i
Ž .see Eqs. 27 and 28

c E rRTact , pw xk s a H q b e 27Ž .Ž .p p 2 p

w x Eact , irRTk s a H q b e 28Ž .Ž .i i 2 i

k s k e Eact ,drRT 29Ž .d d ,o
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Table 3. Input Data for Reactor Model

Constant Value Unit Constant Value
7 3 3 cw Ž . xa 1.8=10 m r kg?s? kgrm E 43.9 kJrmolp act, p

4 3a 9.72=10 m rkg?s D H 2471 kJrkgi r
y3 2A 1.96=10 m k 0.36 Lrse d0
y3 2A 5.03=10 m N 20 }a a
y3 2A 1.96=10 m N 20 }d d
6 3b 2.27=10 m rkg?s T 508Cp `
3b 1.07=10 Lrs e 0.44 }i a

c 0.3 } e 0.75 }c
y2d 4 =10 m e 0.75 }w d

3E 17.4 kJrmol r 910 kgrmact,d s
E 35.6 kJrmolact, I

Molecular-weight distribution
The molecular-weight distribution of the product from a

single-site catalyst can in general be described with a
Schulz]Flory distribution. It was shown in a previous article
Ž .Meier et al., 2001a that the molecular-weight distribution of
the polymer produced with the current heterogeneous metal-
locene catalyst can best be described with a ‘‘two-site model.’’
The chain transfer probability of sites 1 and 2 depends only
on the hydrogen concentration divided by the monomer con-

Ž .centration in the polymer .
At constant temperature, pressure, and gas composition,

the instantaneous molecular-weight distribution of a polymer
synthesized with a single-site catalyst can be described with a

Ž .Schulz]Flory distribution see Eq. 30

y ds jq2eyjq 30Ž .j

Here, y d is the density function of the instantaneously formedj
molecular-weight distribution. The ‘‘two-site model’’ pre-

Ž .sented in a previous article Meier et al., 2001a uses two
Schulz]Flory distributions, equal polymerization rate for each
site, but with a different chain termination probability, q. The
chain transfer probability of sites 1 and 2 depends only on

Ž .the relative hydrogen concentration see Eqs. 31 and 32 . The
monomer concentration in the polymer, C , depends on them

Figure 17. Experimental result vs. model prediction for
the experiment at 25.1 cm/////s.

temperature

CH2q s3.027 q0.0023 31Ž .1 Cm

CH2q s14.31 q0.0051 32Ž .2 Cm

The molecular-weight distribution of the polymer product
obtained after the polymerization experiment in the inter-
nally circulating fluidized-bed reactor can be calculated by
integration over time and place in the reactor. For our reac-
tor model, we can summarize the molecular-weight distribu-
tions produced during an integration interval for every com-
partment, based on the amount of polymer produced in that
time interval.

The related weight- and number-averaged molecular-
weight of the polymer can be calculated by the moments of
distribution

`
ny1 dN s M y 33Ž .Ýn w , j j

js1

N N2 1
M s , M s 34Ž .w nN N1 0

Modeling Results
The number of mixing cells in the annulus and draft tube

Ž .N and N remain to be determined or fixed. It was founda d
from preliminary calculations that 20 compartments in the

Ž .annulus and draft tube were sufficient N s N s20 to sim-a d
ulate the plug flow behavior in these two sections. Increasing
the number of compartments in these two sections does not
affect the predicted results. Other input data are summarized

Ž .in Table 3. The system of differential equations 164 in all is
numerically solved by the Runge]Kutta method. In Figures
17 and 18 the model prediction of the temperature profile in
the annulus, together with the results of the experiments at
25.1 and 42.7 cmrs, are presented. The shapes of the temper-
ature curves are comparable with the experimental results. It
seems that the deactivation rate of the catalyst is overpre-

Figure 18. Experimental result vs. model prediction for
the experiment at 42.7 cm/////s.
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Figure 19. Model prediction of the weight and
number-averaged molecular weight and
polydispersity as a function of time during
the experiment at 25.1 cm/////s.

dicted by the model, leading to an underprediction of the
temperature at the end of the experiment. The temperature
gradient over the length of the annulus is somewhat under-
predicted. This can be explained as follows. The model uses
the solids circulation measurements described earlier in this
article as input data. These measurements were carried out
under nonpolymerization conditions with the same polymer
powder as was used as a startup powder for the polymeriza-
tion experiments. However, during the polymerization experi-
ments a low molecular-weight polymer was formed that was
somewhat sticky. This may cause reduced mobility of the
polymer powder inside the reactor, and lead to reduced cir-
culation rates and higher internal temperature gradients than
expected. Furthermore, the model assumes minimum flu-
idization conditions for the annulus. The solids circulation
experiments showed that the annulus is probably below the
minimum fluidization velocity. Therefore, the model calcu-
lates with an upward gas velocity in the annulus that is too
high, which implies an underprediction of the temperature
gradient. Model simulations showed, however, that the sensi-
tivity of the temperature gradient in the annulus toward the
gas velocity in the annulus is small. The input for the solids
circulation rate is much more important.

In Figure 19, M , M , and M rM of the formed polymerw n w n
are presented as functions of time for the experiment at 25.1
cmrs. This experiment shows the highest temperature gradi-

Ž .ents both in time and over the annulus , leading to the high-
est polydispersity of the final product compared to the exper-
iments at higher gas velocity. As can be seen from Figure 19,
both M and M are decreasing in time, while M rM isw n w n
increasing in time. The polydispersity at the beginning of the
experiment is around 2.56, reflecting the two-site model.
However, the increase in M rM is very small, indicating thatw n
the temperature gradients are too small to see any widening
of the molecular-weight distribution. Obviously, hydrogen is
more effective in controlling the molecular-weight distibu-
tion.

Injection of hydrogen
In Figure 20 the normalized temperature profiles obtained

Figure 20. Experimental results vs. model predictions
for the experiments with injections of hydro-
gen.

from the experiments with an injection of hydrogen and the
prediction of the model are presented. The model overpre-
dicts the temperature increase after the hydrogen injection to
a certain extent. Moreover, the temperature before the hy-
drogen injection is also somewhat overpredicted. The deacti-
vation observed during the experiments, both before and af-
ter the injection of hydrogen, is higher than predicted by the
model.

The calculated polydispersity vs. the time of the formed
polymer is shown for each experiment in Figure 21. The poly-
dispersity starts to increase directly after the injection of hy-
drogen. The molecular weight distributions of the final poly-
mers are presented in Figure 22. It can be seen that the dis-
tribution moves from the lower average molecular weights
Ž .hydrogen injection after 12.5 min to higher average molecu-

Ž .lar weights hydrogen injection after 30 min .
The polymer obtained from the experiments is a mixture of

the startup powder and the low molecular-weight polymer
produced during the experiment. The molecular weight of the
startup powder is about 300 kgrmol, but with a rather high

Figure 21. Model prediction of polydispersity as func-
tion of time for the experiments with injec-
tion of hydrogen.
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Figure 22. Model prediction of MWD of the final poly-
mer for experiments with injection of hydro-
gen.

Ž .polydispersity about 7 . The molecular-weight distribution of
the startup powder is given in Figure 23. The GPC measure-

Žments of the mixed powders startup material and its own
.produced polymer were not very reproducible due to the low

content of its own produced polymer in the samples obtained
Ž .from the experiments less than 10% . For one experiment

Ž .hydrogen injection after 24 min , a significant widening at
the low molecular end of the original curve could be detected
Ž .see Figure 23 . A fit of the molecular-weight distribution of
the startup powder was subtracted from this curve in order to
isolate the molecular-weight distribution from its own pro-
duced powder. Figure 24 presents the normalized subtracted
distribution together with the prediction of the model for this
experiment. Note that the errors of the subtracted distribu-
tion are quite large. Under these circumstances the experi-
mental data are quite well represented by the model.

Discussion
The reactor system with the draft tube that was developed

enables us to control the solids mixing required to study the
polymerization of olefins in a small-scale fluidized-bed reac-
tor. The temperature gradients caused by catalyst segregation
observed when polymerizing without the use of the draft tube
have not been found again. Moreover, elutriation of fines has
not been observed despite the high gas velocities applied in

Žthe draft tube. The slugs rising through the draft tube con-
.taining the entire particle-size distribution probably carry the

smaller particles to the annulus, thereby preventing serious
elutriation.

When the draft tube is operated at high fluidization veloc-
ity, a better solid]gas heat transfer can be obtained com-
pared to the classic bubbling fluidized-bed reactor, due to
the higher slip velocity. A draft tube may also be interesting
industrially, since the vertical solids mixing can be enhanced,
thereby lowering the vertical temperature gradients. This is
especially interesting when running in the condensed mode,

Ž .where the maximum amount of liquid is among others lim-
Ž .ited by the vertical mixing DSM, 2000 . Recently, it was
Ž .shown by Diepen and Mutsers 2001 that the draft tube con-

Figure 23. MWD of the startup powder, MWD of poly-
mer obtained from an experiment with injec-

(tion of hydrogen startup powder and pro-
)duced polymer , and MWD of startup powder

used for subtraction.

cept can be applied under industrial conditions to improve
the productivity of common gas-phase reactors for catalytic
polymerizations. Up to 30% higher productivity has been ob-
served. Another interesting effect is that higher HrD may be
chosen, maintaining a stable fluidized bed, which provides
engineering advantages, since these reactors are operated un-
der pressure.

The three zones in the reactor with different heat trans-
port properties may help to systematically broaden the
molecular-weight distribution. However, the temperature
gradients observed during a series of experiments in which
the gas velocity was varied were too small to show a signifi-
cant broadening.

Figure 24. Model prediction of the MWD of a polymer
from an experiment with injection of hydro-
gen and the distribution obtained after sub-
traction of the distribution of the startup
powder.
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The model presented uses the measured solids circulation
characteristics as input data. If the model is to be used for
scaleup, a model for the solids circulation rate should be in-
cluded, which describes the circulation rate as a function of
the gas velocity, reactor geometry, and so forth. Furthermore,
the model should be improved by implementing the dynamics
of monomer absorption and desorption in the polymer parti-
cles with related energy effects, thereby respecting the
Ž .changing particle-size distribution.

Conclusions
Vertical particle mixing and segregation have been studied

in a small-scale fluidized bed under pressure. At higher gas
velocities, relatively fast mixing of tracer particles was found
compared to the overall residence time of catalyst particles
normally encountered in a polymerizing system. Particle-size
analysis of samples taken at different vertical positions
showed that the smaller particles accumulate in the upper
zone of the bed.

Three semibatch polymerization experiments were exe-
cuted at different fluidization velocities without using the
draft tube. The phenomena observed during the mixing and
segregation experiments were also observed during the poly-
merization experiments. It turned out that the catalyst parti-
cles accumulate in the upper zone of the bed, affecting the
vertical temperature gradient. The speed of segregation is di-
rectly related to the mixing rate and therefore to the fluidiza-
tion velocity.

The fluidized-bed reactor was equipped with a draft-tube
and conical bottom section to control the solids mixing inside
the reactor, thereby eliminating the problems observed be-
fore. The solids circulation rate was measured at different
gas densities and gas velocities. It appeared that the particles
in the draft tube and annulus part of the reactor move in
plug flow. Slugging takes place in the draft tube and a mov-
ing-bed flow in the annulus. Segregation and elutriation of
the fine particles, which were a dominant effect without the
draft tube, could not be detected anymore during the opera-
tion with the draft tube.

Semibatch polymerizations were executed at different gas
velocities, thereby varying the temperature gradients in the
reactor from large to almost absent. Hydrogen was injected
at different moments during the experiment in a special se-
ries of experiments. Directly after the hydrogen injection,
temperatures increased due to the reactivation of dormant
sites, causing a higher polymerization rate. Because the rela-
tive temperature increase after hydrogen injection is inde-
pendent of the injection time, one can conclude that the rela-
tive concentration of dormant sites is constant during the ex-
periment.

A compartment model was developed that is able to de-
scribe the generally unstable temperature profiles in the re-
actor and related molecular-weight distribution of the poly-
mer. The underprediction of the temperature gradient over
the annulus is probably due to the inaccuracies in the input
data for the solids circulation rate. The solids circulation rates
were measured under nonpolymerization conditions, while
during polymerization, a sticky polymer was formed that lim-
its the mobility of the powder.

The prediction of the model for the molecular-weight dis-
tribution could be checked for a single experiment. In this
case, the prediction of the molecular-weight distribution was
in reasonable agreement with the experimental result.
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Notation
Ascross-sectional area, m2

Csamount of nonactivated catalyst, kg
CUs amount of activated catalyst, kg
C smonomer concentration in polymer, kgrm3

m
C sheat capacity, Jrkg?Kp

dsthickness, m
E sactivation energy for deactivation, Jrmolact,d
E sactivation energy for initiation, Jrmolact, i
E sactivation energy for propagation, Jrmolact, p

D H sheat of reaction, Jrkgr
jschain length

k sreaction-rate constant for deactivation, sy1
d

k sreaction-rate constant for initiation, sy1
i

k sreaction-rate constant for propagation, m3rkg?sp

M snumber averaged molecular weight, grmoln
M s weight-averaged molecular weight, grmolw
mms mass fraction of monomer

Nstotal number of compartments
N s nth moment of the MWDn

pspressure, bar
qschain transfer probability
Rsgas constant, Jrmol?K

R sreaction rate, kgrsp

ts time, s
Ts temperature, K

T s temperature in air thermostat, K`

us velocity, mrs
U sminimum fluidization velocity, mrsm f

U s inlet gas velocity, mrse
Vs volume, m3

Xsmass fraction
y dsdensity function of the instantaneous MWDj

Greek letters
asheat transfer coefficient, Wrm2?K
es void fraction
rsdensity, kgrm3

f smass flow, kgrsm

Subscripts or superscripts
asannulus

a®saverage value
cscone

compscompartment
dsdraft tube
esconditions at reactor entry
gsgas
iscompartment number

msmonomer
pspolymer
rsreactor
sssolids

ws wall
0s initial value
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Abbre©iations
MAOsmethylaluminoxane
MWDsmolecular-weight distribution
TIBAs tri-isobuthylaluminium
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